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Abstract

Heat transfer experiments with and without chemical reaction were performed in a wall-cooled tubular
reactor. The oxidation of carbon monoxide over a CuO/g-alumina catalyst was used as a model reaction. A
two-dimensional heterogeneous reactor model was used for calculation of the temperature and concentration
profiles inside the packing. The experiments were performed at Re between 200 and 1400, reactor pressures of
3, 5.9 and 8 bar, wall temperatures of 156, 180 and 200 °C and CO inlet concentrations ranging from 0.1 to
1.5 % vol. The obtained data show that a radial distribution of the axial fluid velocity should be taken into
account to reconcile the effective heat transport parameters obtained from experiments with and without

reaction.

INTRODUCTION

For a proper design of a wall-cooled tubu-
lar reactor an accurate knowledge of the heat
transfer properties of the catalyst bed is re-
quired because of the high parametric sensi-
tivity of the reactor behavior towards these
parameter, especially at conditions near runa-
way. Nowadays most cooled tubular reactors
are not designed on the basis of kinetic data
and model calculations, but experiments are
carried out using single tubes in pilot scale re-
actors at conditions similar to those if the in-
dustrial process. Previous studies of heat trans-
port phenomena in wall-cooled tubular reac-
tors have shown a discrepancy between the
effective radial conductivities of the catalyst
bed measured with and without reaction [1—4].

Schwedock [3] found that the effective ra-
dial thermal conductivity was about 50 % high-
er in the presence of reaction than when no
reaction occurs. Borman et al. [4] used partial
oxidation of ethylene to ethylene oxide over a

silver/g-alumina catalyst in their work. The
main disadvantages of this reaction system is
its complicated kinetics, caused by the occur-
rence of complete combustion of ethylene as
a parallel reaction, the large number of reac-
tants that influence the reaction rate and a
slow deactivation of the catalyst. This investi-
gation is a continuation of their work using a
more simple reaction system. The oxidation of
carbon monoxide to carbon dioxide over a cop-
per oxide catalyst supported on g-alumina has
been chosen as model reaction. An advantage
of this reaction is its large enthalpy of reac-
tion of 283 kJ mol™!, which causes a large
temperature increase at a small change in the
composition of the gas mixture. The kinetics
of this reaction was studied separately using
an integral and an internal-recycle reactor.

REACTOR MODEL

The reactor model used is commonly re-
ferred to in literature as a ‘two-dimensional
heterogeneous model without axial dispersion’,
in which the heat and mass balance equations
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and their boundary conditions are the follow-

ing:
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| ., and a,, are the effective radial thermal con-
ductivity and wall heat transfer coefficient. All
the transport parameters in the model depend
on the physical properties of the fluid and the
solid and of the flow conditions inside the re-
actor. Dé,r is the effective radial dispersion co-
efficient of component j. The general form of
correlations for the dependence of | ., on the

system parameters is:
— 0 £
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The static contribution )\8 depends on bed
properties as particle shape and porosity, and
on the thermal conductivity of the solid and
the fluid. Well-known are the predictive cor-
relations of Yagi and Kunii [5] and Bauer and
Schliinder [6]. The contribution of fluid flow,
which is the result of mixing of fluid ele-
ments moving with different velocities, is usu-
ally expressed as function of the fluid Peclet
number:
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Peﬁr is the Peclet number at fully developed
turbulent flow and is a function of the tube-
to-particle diameter ratio [7—9]. Distinguishing
of heat conduction through the solid and the
fluid phase, as is often made in literature, is
not applied here. Direct heat transfer through
the solid-solid contacts is usually of little im-
portance and cannot be estimated accurately
except for beds of particles of simple shape,
consisting of certain materials, for which the
contact area can be calculated [6]. Particle-to-
particle heat transfer occurs mainly through
the fluid phase in the interstices between the
particles [10] and can therefore not be separat-
ed from the fluid-phase contribution.

The wall heat transfer coefficient is usually
expressed in the form of a wall Nusselt number
as:

Nu,, = C;+C, Re™Pr™ (10)
with n, close to 1/3 and n; between 0.5 and 1.
The flow-independent contribution C, is often
omitted. The wall heat transfer coefficient is
also expressed as in the form of a Biot number,
for which Dixon and Creswell [11] propose the
following correlation:
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Literature agrees on the fact that correla-
tions for Nu,, obtained by simultaneous opti-
mization of |, and a, to fit the model pre-
diction to the experimental data differ great-
ly. One possible explanation, based on heat
transfer investigations not discussed in this
paper, is the neglecting of the influence of
the wall roughness, which is recognized as an
important parameter in heat exchanger de-
sign. It was found that the resistance of a
quasi-stagnant fluid film at the reactor wall
accounts for 70 % for the total resistance to
heat transfer for Re > 500. In case the distri-
bution of the axial fluid velocity over the
radius is non-uniform due to variation of the
local porosity over the radius, | .,and D,,, as
well as the fluid-to particle heat and mass trans-
fer coetficient a, and ki, will be a function of
the radial position.
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EXPERIMENTAL

Fluid and catalyst temperatures were measu-
red by 32 thermocouples inside a 1 m reactor
with an internal diameter of 53 mm. A scheme
of the reactor is shown in Fig. 1. The 0.5 mm
type K thermocouples were fixed to a ‘ther-
mocouple ladder’ placed inside the reactor tube
prior to filling it with catalyst. The ladder con-
sists of two 1 mm metal wires resting on the
trough-shaped feed distributor, in between
which crosses of glass-fiber reinforced poly-
ether-ether-keton crosses are clamped. The
thermocouples protrude 5 mm from the holes
that are drilled in these crosses. Fluid tempera-
tures were measured at 0, 8, 15, 21 and 25 mm
from the centerline of the reactor at 6 axial
positions. Close to the centerline, the tempera-
ture of a catalyst particle was measured by a
thermocouple inserted into a 0.5 mm hole drilled
in it. At 8 axial positions, a sample was with-
drawn (100 ml min~?) for analysis of the fluid
composition. The concentrations of CO and CO,
in the samples was measured by two infrared
analyzers (Mayhak) put in series.

The reactor feed consists mainly of air,
which was supplied by a centrifugal compres-
sor at a maximum flow rate of 600 N1 min~! at
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Fig. 1. Pilot scale wall-cooled tubular reactor.
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a pressure of 10 bar. The water content of the
air was fixed at a concentration of 1400 ppm
by passing it through a heat exchanger. After
cooling, excess water is removed in two coa-
lescing filters. Initially, air was dried using a
dessicant dryer to achieve a water content small-
er than 20 ppm. It was found, however, that
the catalyst activity could not be kept con-
stant due to fast, reversible adsorption of
these traces of water. After a decrease in re-
actor temperature, the activity would slowly
decrease. When exposing the bed to the maxi-
mum temperature of approximately 250 °C,
the original activity could be brought back
only partially over a period of several days.
Since it is impossible to achieve the exact same
conditions during catalyst pretreatment and
during reactor operation in the kinetic reac-
tors and the pilot-scale tubular reactor, it was
chosen to operate at constant air humidity, at
which the activity was found to be constant
and reproducible. Deactivation by water is
extremely fast. When deliberately adding a
few drops of water to the dry reactor feed,
the CO conversion and the maximum reactor
temperature initially increased. This observa-
tion can only be explained if the water is
absorbed almost instantaneously by the cata-
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lyst near the inlet. This would cause so-called
‘wrong-way behavior’: A decrease in the reac-
tion rate near the entrance causes an increase
of the concentration further downstream,
where the temperature of the catalyst is still
high. Here the reaction rate will temporarily
increase, causing the overall conversion to be
higher than those of the steady states before
and after the perturbation.

After removal of the excess water, the air
is passed through three columns filled with ac-
tive carbon to remove organic contaminants.
The flow of air and that of CO and CO, (99 %
purity) was controlled by electronic mass flow
controllers. Before the mass flow controller, CO
was passed through a bed of SiC particles heat-
ed at 250 °C to decompose any iron carbonyls
present. When operating without this filter,
deposition of rust-like material was found on
the catalyst particles close to the reactor inlet.
After mixing, the total flow rate is measured
using an impeller flow meter. Instead of rely-
ing on the mass flow controllers, the inlet con-
centration of CO was measured by analyzing
the CO, concentration in a sample of the reac-
tor effluent after passing it through a small
catalyst bed in which all CO is converted. The
reactor feed was preheated in a tubular oven
and entered the reactor through a metal fun-
nel. Just below the sieve plate covering this
funnel, the fluid temperature was measured
at 4 radial positions. The reactor wall was cooled
by boiling water which pumped through the
cooling jacket at 4 m® h™! using a centrifugal
pump. By varying the pressure in the cooling
system, the coolant temperature could be var-
ied between 100 and 250 °C with an accuracy
of 0.3 °C. At 4 axial positions, the wall tem-
perature was measured by thermocouples in-
serted into capillaries welded into slits in the
reactor wall.

After pretreatment of the catalyst, which
consisted of heating it at 500 °C for 30 h in
dry air, the reactor was filled with 1.5 kg of it.
The bed was then repacked by fluidization. The
flow rate was slowly increased and decreased
whilst vibrating the reactor using a pneumati-
cally driven vibrator. During this process, cat-
alyst particles are thoroughly mixed over the
length of the reactor, as was observed in a

glass reactor. A reproducible porosity of 0.42 =
0.01 could be achieved when vibrating the re-
actor for one minute after abruptly stopping
the air supply. The reactor setup was fully au-
tomated using a Hewlett Packard data acquisi-
tion unit coupled to a PC. This allowed series
of experiments at different flow rates, wall-
and inlet temperatures, concentrations and re-
actor pressures to be performed automatical-
ly, whilst simultaneously safeguarding the set-
up using the control software. After changing a
setpoint, steady state was assumed to be
achieved when — after a minimum period —
the slope of some relevant temperatures and
concentrations versus time had become small
enough.

In case of no chemical reaction, the fluid
temperature at the reactor inlet was approxi-
mately 50 °C above the wall temperature. De-
spite the fact that the feed distributor was in-
sulated from the reactor wall, a non-uniform
radial temperature distribution was observed
at the inlet low flow rates. When calculating
the effective heat transport parameters, this
temperature distribution was used as bounda-
ry condition at z = 0. Similarly, the measured
wall temperature, which showed a slight in-
crease, was used in the boundary conditions at
the reactor wall. In experiments with chemical
reaction, the inlet temperature was uniform
and equal to the wall temperature. After chang-
ing the reactor temperature or pressure, the
reactor was flushed with air for a night to al-
low the water content of the catalyst to come
at equilibrium with that of the fluid. When
applying this procedure, experiments per-
formed at different concentrations were very
well reproducible, as is shown in Fig. 2. The CO
conversion near the end of the reactor and
the maximum temperature do not change when
twice varying the CO inlet concentration in
the same manner over a period of 40 h. Tem-
perature and concentration profiles were found
to be reproducible after repacking of the cat-
alyst bed by fluidization, during which the cat-
alyst is redistributed over the reactor. This
means that no change of the catalytic activity
over the reactor length occurred, which could
be caused by fouling or exposure to different
temperatures.
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Fig. 2. Reproducibility of experiments performed at
Tintet = Twan = 178 °C, P = 3.8 bar and a gas load of
355kg m2 s 1 — CO, at 610 mm, 2 — CO inlet, 3 —
max T fluid. Shown are the maximum reactor tempera-
ture and CO, concentration near the bed exit as func-
tion of the CO inlet concentration. Dashed lines are
drawn through CO, concentrations measured at the same
CO inlet concentrations, which shown no inclination with
respect to the horizon axis.

CATALYST PROPERTIES AND KINETICS

The used catalyst is a g-alumina extrudate
containing 29 9% mass copper (II) oxide. The
particles have an average length of 11.5 mm
and a constant diameter of 5.5 mm. An inte-
gral reactor with a length of 10 cm and an
internal diameter of 8 mm, filled with a mix-
ture of 2—5 % mass crushed catalyst (0.2 mm)
and silicium carbide particles of the same size
was used to study the intrinsic reaction kine-
tics. Experiments were performed at tempera-
tures between 130 and 240 °C, pressures be-
tween 2 and 9 bar and fluid flow rates be-
tween 0.15 and 0.75 kg m™2"!. The inlet con-
centrations of CO and CO, were varied be-
tween 0.1 and 1.2 and between 0.1 and 1 % vol.
respectively. The overall reaction rate for the
entire catalyst particles was measured in an inter-
nal recycle reactor, which is described in [12].

The reactor was modified in order to in-
crease the maximum rotational speed of the
impeller. In the original configuration, the cat-
alyst pellets were placed inside the blades of
the axial impeller used for mixing of the fluid
in the reactor. During the experiments per-

formed in this investigation, catalyst pellets
with small (0.5 mm) holes were mounted on
metal pins or thermocouples on ring just below
the impeller. At this position, the mass and
heat transfer rate between the fluid and the
catalyst are smaller than in the first case.

The more important advantage is, however,
that the catalyst and fluid temperatures are
known accurately, making it possible to cor-
rect the measured reaction rate for particle-
to-fluid heat and mass transfer limitations. In
this reactor, experiments were performed at
temperatures between 115 and 225 °C, pres-
sures between 2 and 8 bar and CO and CO,
concentrations between 0.2 and 1.4 % vol. Due
to the large sensitivity of the catalyst activity
to water, the same air was used as in the pi-
lot-scale wall-cooled tubular reactor. The in-
trinsic kinetics of CO oxidation is described by
the following Langmuir—Hinschelwood type of
reaction rate expression:

s [CO]

R=— (12)
1+ 2 [COJ + K,[CO,] + K4[H,O0]

k—G

kj = kOJexp ﬁ%ﬁ, K]- = KOJexpﬁ%’;dﬁ

Eq. (12) implies that CO reacts from the gas
phase according to an Eley—Rideal mechanism.
A distinction is made between CO, which ab-
sorbs from the gas phase on an active site
(K; [COy]) and CO, that is present as a result of
reaction of CO with adsorbed oxygen (ks/k_g
[CO]). This equation has been taken from [12],
with an additional term to account for the in-
fluence of the water concentration. The reac-
tion rate measured in the integral reactor was
found to decrease with increasing reactor pres-
sure. When using intra-particle diffusion limi-
tation to account for this decrease, the ave-
rage pore size should be unrealistically small.
Water adsorption does seem the only plausible
explanation for the influence of pressure on
the reaction rate. The overall reaction rate over
the entire catalyst particles is affected by in-
tra-particle diffusion limitation:

1
— [R(C,T) dV=nR(C,,T,) (13)
Vv
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C, and T, are the concentration and tempera-
ture at the surface of the catalyst and h is the
effectiveness factor, which is a function of the
size and geometry of the catalyst particles,
the internal pore structure and of tempera-
ture and pressure. The effectiveness factor is
approximated analytically using a method sim-
ilar to that of [13], in which the particle shape
is taken into account.

The effective diffusivities of CO and CO,
were calculated from the pore size distribution
measured by mercury porosimetry, combined
with the results of permeation experiments
using helium. The effective diffusivity is the
result of weighed contributions of the differ-
ent pore sizes, assuming that the pores are in
parallel. Figure 3 shows a parity plot of the
calculated wversus the measured conversion for
all experiments in the internal recycle reac-
tor, together with the values of the intrinsic
kinetic constants. The obtained kinetics expres-
sion accurately describes the effect of diffe-
rent CO, inlet concentrations on the tempera-
ture and concentration profiles measured in
the pilot-scale wall-cooled tubular reactor.

RESULTS

Experiments without reaction have been
performed using 6 catalyst beds which were
obtained by catalyst repacking by fluidization.
A total of 113 experiments were performed at
reactor pressures between 2 and 8 bar, flow
rates of 0.1 to 55 kg m™2 s}, wall tempera-
tures between 100 and 200 °C and tempera-
ture differences of 6 to 70 °C. The effective

0.6+

0.4+

(.24

Calculated conversion

a 0.2 0.4 0.6
Measured conversion

radial thermal conductivity and wall heat trans-
fer coefficient were optimized to minimize the
difference between the measured and the cal-
culated temperatures as:

n (T‘calc _ T-exp)2

1 1

A =

r= T

Figure 4 shows | ../l ; and Nu,, as function
the fluid Peclet number. The dashed lines in
this figure are calculated by averaging the heat
transfer parameters obtained for individual
experiments, whereas the solid lines were ob-
tained by using the entire set of experimental
data. In the latter case, | ., and a, were as-
sumed to comply with eqgs. (8) and (11).

Both approaches agree very well, consider-
ing the non-linear differences between both
averaging methods. Axial dispersion of heat,
omitted in the balance equations, was found
to be of negligible influence on the obtained
heat transport parameters and on the target
function of the minimization procedure. A pos-
sible influence of a radial velocity distribution
cannot be detected when evaluating tempera-
ture fields measured without chemical, as was
observed earlier by Borman et al. [13], who
made a theoretical investigation using a two-
region model. When applying a radial velocity
distribution in eq. (1), assuming the fluid con-
tribution to the effective radial thermal con-
ductivity to be independent of the radial po-
sition, the wall heat transfer coefficient re-
mains unchanged, whilst )\fp changes propor-
tionally to the ratio of the velocity at the cen-
terline of the reactor and the average axial

Values of parameters in eq. (12):

ko5 43 kg s
E,; 33 kJ mol ™!
ko s/k_g—g 6.3 1076 kg ls7!
E, ¢~ E -49 kJ mol™*
Ko 2.0 107° kg 's7!
DH, -79 kJ mol™!
Kog 12 107° kg s
DH, -60 kJ mol™!
E, apparent 50 kJ mol!
Average error 4 %

Fig. 3. Parity plots of the reaction rate of CO oxidation over entire catalyst particles after optimization of the
constants in the expression of the intrinsic reaction kinetics. P, bar: 2.2 (1), 3.6 (2), 5.7 (3), 82 (4). Ky3 and DHy as in

integral reactor.
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Fig. 4. Effective radial thermal conductivity and wall
Nusselt number as function of the fluid Peclet number.
Experiments after re-assembly of the thermocouple lad-
der are shown as different series.

fluid velocity. The shape of the radial tempera-
ture profile does not depend on the shape and
extent of the velocity maldistribution.

Temperature and concentration profiles with
chemical reaction have been measured at Re
between 200 and 1400, reactor pressures of 3,
5.9 and 8 bar and CO inlet concentrations be-
tween 0.1 and 1.5 % vol. The wall- and inlet
temperatures were the same and varied be-
tween 156 and 200 °C. The maximum bed tem-
perature was 265 °C. A fair description of the
measured temperature and concentration pro-
files was obtained when using the indepen-
dently measured reaction kinetics and the heat
transfer parameters measured without reac-
tion. In the model, radial mass transport was
assumed to be analogous to radial heat trans-
fer, so that Pe,,, = Pey,,.

The measured temperature difference be-
tween the fluid and solid phase did agree with
the predictions for the fluid-to-particle heat
and mass transfer coefficient taken from [15]
and [16]. However, it was found that the effec-

i [ i 1

200

Nuaw
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Fig. 5. Effective radial thermal conductivity and wall
Nusselt number from experiments with chemical reac-
tion at CO;, = 1 % vol. Lines show the heat transfer
parameters obtained by optimization of egs. (8) and (11)
to all experiments without chemical reaction. Pe, = Pe,.

tive heat transfer parameters are very sensi-
tive to the reaction kinetics. Therefore, the re-
action rate was optimized to match the mea-
sured conversion. This was done by multiply-
ing constant k5 in eq. (12) by a constant. The
used conversion is the maximum measured value
smaller than 80 %. The maximum change of
the reaction rate with respect to the reaction
rate measured in the kinetic reactors is rather
small and corresponds to an error in the ap-
parent activation energy of = 2.5 9%. Figure 5
shows the effective heat transfer parameters
calculated for experiments at different pres-
sures, wall and inlet temperatures and flow
rates with a CO inlet concentration of 1 % vol.
At low Peg , the values of | . agree with the
values measured without chemical reaction. At
higher fluid velocities, however, the effective
radial thermal conductivity tends to become
significantly smaller. After optimization of the
transport parameters, the temperature profiles
close to the inlet are underestimated, whilst
the calculated temperatures after the hot spot
are higher than measured. The discrepancy

er
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between the heat transfer parameters with and
without reaction cannot be attributed to the
neglecting of heat and mass dispersion in axial
direction, since their influence on the calculat-
ed profiles is negligible at the applied fluid
velocities. The use of a non-uniform radial ve-
locity distribution is the most plausible reason
for the discrepancy. The effect of such veloci-
ty distribution on the predictions of the model
has been investigated by [14, 17—29]. Hennecke
and Schliinder [17] and Hein [27] observed a
significant improvement of their model’s agree-
ment with experimental data at low Re when
including a velocity distribution. The most im-
portant effect of a decreased fluid velocity at
the core of the bed is the increase in the ratio
of the rate heat production by reaction and
the rate of heat removal through convection.
The reaction rate is affected only moderately
affected by radial differences in the fluid ve-
locity. Radial concentration differences are usu-
ally much smaller than radial temperature dif-
ferences and the reaction rate is much less sen-
sitive to the concentration than it is to tempe-
rature. To improve our model, the porosity
and velocity distributions will be calculated
according to Giese et al. [30], who experimen-
tally investigated porosity and velocity pro-
files for packings of spheres. For cylindrical
particles with a height equal to the diameter,
the following correlation for the porosity is
proposed:

O Lk [ O (Rt - r)m
E(r) =g, 0+~ —1[Jexp E—CT%(M)
8 O O d
in which e, is the porosity at the wall and e the
porosity at infinite distance from the wall, to
be calculated from the known average bed
porosity. For cylinders, e, = 0.65 and C = 6.
The velocity distribution over the radius is ob-
tained assuming radial pressure gradients to
be negligible. The radial velocity distribution
for different values of e,. u._;/u, was found
not to depend on u; for 140 < Re < 1400.
When applying the non-uniform radial po-
rosity and velocity distributions, the depen-
dence of Afn on r should be defined. The radi-
al porosity distribution has two opposite ef-
fects. The increased porosity near the wall re-
sults in an increased fluid velocity and in a

decreased tortuosity of the fluid path in be-
tween the catalyst pellets. These two effects
oppositely influence )\ﬁ at high fluid flow rates.
In accordance with [3] and [17], the effects are
assumed to cancel each other, so that |, is
constant over the radius. The reaction rate and
the fluid-to-particle heat and mass transfer co-
efficients are corrected for the radial porosity
and velocity distribution. It was found that,
for constant ratio of the velocity at the core
of the bed and the average fluid velocity, the
model predictions are not sensitive to the ex-
act shape of the velocity profile. Changing of
the value of C in eq. (15) or even the assump-
tion of full slip conditions at the wall does
hardly affect the calculated concentration and
temperature fields.

Figure 6 shows the effective heat transfer
parameters with and without chemical reac-
tion for the case u,—, = 0.85 u,, corresponding
to &, = 0.75. This distribution was found to give
optimum agreement between the effective heat
transfer parameters obtained with and with-
out chemical reaction. g, = 0.75 is between the
value suggested for the cylinders with a height-
over-diameter ration of 1 and the value rec-

hop, miRE

200
100

0 500 1000 P!
MNu.,
100

0 500 1000 Pel

Fig. 6. As Fig. 5, with radial distribution of the axial fluid
velocity. C = 6, e,= 0.75. u,—, = 0.85 u, Effective radial
thermal conductivity in case of uniform velocity distri-
bution is shown as dashed line.
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Fig. 7. Temperature at » = 0 and CO, concentration at
r= 0 and r = R, for experiments at different wall and
inlet temperatures: 1 — measured, 2 — basic model, 3 —
uc/uav = 0.86. Re = 1100, P = 8 bar, CO;,= 1 % vol.

ommended for spheres, which is 0.87. The im-
provement becomes more clear when lumping
I ., and @, into an overall heat transfer coeffi-
cient U, which is the proportionality coeffici-
ent between the heat flux to the wall and the
difference between the average bed tempera-
ture and the wall temperature.

With assumption of a radial velocity distri-
bution, the results of the model are closer to
the experimental data, as is shown in Fig. 7.
The initial axial temperature gradient at the
reactor inlet is not sensitive to radial heat trans-
port, but is determined mainly by the ratio of
the heat production rate and the rate of heat
removal through convection. When overestimat-
ing the velocity at the core of the reactor, the
initial temperature is underestimated. As a re-

sult, | ., is decreased during parameter esti-
mation, causing overestimating of the tem-
perature after the hot spot in the reactor.

CONCLUSION

Experiments performed in a pilot-scale wall-
cooled tubular reactor using a wide range of
operating conditions were evaluated using a
two-dimensional heterogeneous reactor model.
It was found that the assumption of a non-
uniform radial distribution of the axial fluid
velocity improves the agreement between the
effective heat transport parameters obtained
from experiments with and without reaction
and results in a better description of the mea-
sured temperature and concentration profiles.

Notation

a — specific area per m® of bed, m?> m™3;

a, — surface of a particle, m?;

C — constant or dimensionless concentration,;

c — concentration component j, mol m3;

Cp — heat capacity, J kg™ K™};

dp — particle diameter, m,;

d;, olp — (volume-equivalent) particle diameter, m;

D — diffusion coefficient, m? s™!;

E, — activation energy, J mol™};

DH,4, — adsorption enthalpy, J mol ™%

DH, — reaction enthalpy, J mol™};

h, — length of a cylindrical particle, m;

K, — adsorption constant, kg™! s7%;

k — reaction rate constant, order n,
moll—nm3nkg—ls—1;

kg — particle-to-fluid mass transfer coefficient,
ms %

n — constant or reaction order;

Pe,,,  — fluid Peclet number at fully developed turb.
flow;

R — gas constant, 8.3143 J mol ! K™};

R, — reaction rate i, mol kg~! s7};

R, — bed radius, m,;

T — radial coordinate, m,;

T — radius of a cylindrical particle, m;

T — temperature, K;

t — time, s;

U — overall heat transfer coefficient, W m 2K™};

U — superficial fluid velocity, m s}

vy — volume of a particle, m?;

z — axial coordinate, m.

Greek

a, — particle-to-fluid heat transfer coefficient,

Wm?2K
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a,, — wall heat transfer coefficient, W m™2 K™!;
e — bed porosity;
€,, € — porosity at the wall and at infinite distance

from the wall;
h — dynamic viscosity, Pa s
or: effectiveness factor;
| — effective radial thermal conductivity,

Wm K

| — thermal conductivity, W m™! K™}

A0 - static contribution to | ,,, W m™ K™;

r :
)\f — dynamic contribution to | ., W m!KL
v :

n — stochiometry constant;

r — density, kg m™®.

Dimensionless groups

Bi — Biot number for heat transfer at the wall,
aWRt/l e,r e

Nu,, — wall Nusselt number, O(de /Ags

Pe(}]1 — fluid Peclet number, uo(pcp)fdg /Ag;

Pe,, — fluid Peclet number for radial heat trans-

e

port’ uO(pcp)fdp / Ae,r;

Pe,,, — fluid Peclet number for mass heat trans-
port, uodg / Dey;

Pr — fluid Prandtl number, Ncp ¢ /A¢;

Re — Reynolds number, uopfdg /n.

Sub- / superscripts

0 — average value at inlet conditions;
calc — calculated;

e — effective;

exp — experimental;

f — fluid;

h — heat;

i — reaction number;

j — component number;
m — mass;

r — radial;

S — solid.
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